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A unique electricity generation process uses natural gas and solid oxide fuel cells at high electrical effi-
ciency (74%HHV) and zero atmospheric emissions. The process contains a steam reformer heat-integrated
with the fuel cells to provide the heat necessary for reforming. The fuel cells are powered with H2 and
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eywords:
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avoid carbon deposition issues. 100% CO2 capture is achieved downstream of the fuel cells with very little
energy penalty using a multi-stage flash cascade process, where high-purity water is produced as a side
product. Alternative reforming techniques such as CO2 reforming, autothermal reforming, and partial oxi-
dation are considered. The capital and energy costs of the proposed process are considered to determine
the levelized cost of electricity, which is low when compared to other similar carbon capture-enabled
olid oxide fuel cell
arbon capture

processes.

. Introduction

.1. Natural gas combined-cycle plants

It is apparent that the introduction of aggressive controls on CO2
missions is imminent, whether through the proposed American
lean Energy and Security Act of 2009 [1] or some other means.
o avoid the penalty for CO2 emissions (carbon taxes, tariffs, etc.),
ndustries that cannot avoid the use of fossil fuels may capture the
O2 generated from their use and sequester it in subterraneous
eological formations such as spent oil fields, saline aquifers, or
ther void spaces [2].

In the United States, natural gas accounts for approximately 30%
f all electricity derived from fossil fuels (or about 22% from all
ources) [3], but is only responsible for about 15% of all CO2 emis-
ions from that sector [4]. Because the gas-to-electricity process
nherently generates less CO2 per MW than from coal, policy mak-

rs anticipate that an increasing percentage of electricity will be
erived from natural gas, relative to coal. For example, the current
alifornia Emission Performance Standard sets the limit for CO2
missions at 500 g kW−1 h−1 of electricity, equal to that of the aver-

Abbreviations: ACES, American Clean Energy and Security Act of 2009; ASU, air
eparation unit; ATR, autothermal reforming; CCS, carbon capture and sequestra-
ion; GT, gas turbine; HEN, heat exchanger network; HHV, higher heating value;
RSG, heat recovery and steam generation; IGCC, integrated gasification combined
ycle; LCOE, levelized cost of electricity; NGCC, natural gas combined cycle; POX,
artial oxidation; SOFC, solid oxide fuel cell; WGS, water–gas-shift.
∗ Corresponding author at: MIT 66-363, 77 Massachusetts Ave, Cambridge, MA

2139, United States. Tel.: +1 617 253 6526; fax: +1 617 258 5042.
E-mail address: pib@mit.edu (P.I. Barton).
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age natural gas combined-cycle (NGCC) plant or about half of the
amount produced by coal [5]. However, switching fuels to reduce
emissions will only go so far, and carbon capture and sequestra-
tion (CCS) technology will still be needed in the face of anticipated
regulations.

The NGCC process is rather simple. Natural gas is first desulfu-
rized or otherwise cleaned (if not done prior to distribution) and
then combusted in air at high temperature and pressure in a gas
turbine, producing electricity. Waste heat from the exhaust is then
recovered through the generation of high pressure steam, which
then powers steam turbines for more electricity. The exhaust gases
contain CO2 and water diluted with a large amount of nitrogen orig-
inating from the air used for combustion. To recover the CO2 from
the nitrogen, CO2 solvent-based absorption is usually preferred,
which achieves approximately 90% recovery of the CO2. The CO2 is
cooled and compressed to supercritical conditions, where it is dis-
tributed to an appropriate pipeline [6]. The de-carbonized exhaust
gases are released to the atmosphere through the flue stack. Alter-
native strategies may involve reforming, shifting of the gas, and
alternative means of CO2 capture (as discussed in Section 3), but in
general the combined cost and energy requirement of CO2 capture
is significant, causing as much as a 40% levelized cost of electricity
increase [6].

1.2. Solid oxide fuel cells
The NGCC process can be modified by replacing the gas tur-
bine with solid oxide fuel cells (SOFCs). SOFCs produce electricity
by electrochemical means, rather than combustion. The SOFCs are
constructed such that fuel provided to the anode can be kept sep-
arate from the oxygen source in the cathode, and only oxygen

http://www.sciencedirect.com/science/journal/03787753
http://www.elsevier.com/locate/jpowsour
mailto:pib@mit.edu
dx.doi.org/10.1016/j.jpowsour.2009.10.046
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ons transfer from the cathode to the anode side. This prevents
he anode and cathode exhausts from mixing, and as a result, air
an be used as the oxygen source without diluting the fuel exhaust
ith nitrogen. Thus, the fuel exhaust consists primarily of H2O and
O2 without N2, allowing CO2 recovery by condensation of the
ater, requiring little cost and power consumption. This avoids

he energy-intensive CO2 absorption step. Furthermore, the fuel
ell itself is more efficient than combustion, since it is not subject
o the thermodynamic limitations of a heat engine. Together, these
rastically increase the electrical efficiency of the plant and avoid
he large cost of electricity increase associated with CCS.

In this paper, we describe a novel process using natural gas and
OFCs which can generate electricity with 100% carbon capture at a
ery high electrical efficiency. Unless otherwise specified, we mean
electrical efficiency” to be the net electrical power output divided
y the rate of thermal input of the fuel, using its higher heating
alue (HHV). We use the unit “%HHV” to denote this basis.

. Process model

The proposed process to produce electricity and water from nat-
ral gas with zero atmospheric emissions is shown in Fig. 1, with
xample stream conditions in Table 1. The process can be broken
nto several sections: reforming, shifting, power generation, heat
ecovery, and CO2 recovery.

.1. Simulation basis

For the sample calculations presented herein, it is assumed that
348 kmol h−1 of desulfurized natural gas is available at 30 bar and
8 ◦C, containing 93.9 mol% methane, 3.2% ethane, 0.7% propane,
.4% n-butane, 1% CO2, and the balance N2. These are the same gas
omposition and inlet conditions used in the natural gas combined-
ycle (NGCC) plant with CO2 capture presented in the NETL’s “Cost
nd Performance Base-line for Fossil Energy Plants. Volume 1:
ituminous Coal and Natural Gas to Electricity Final Report” [6].
imulations were performed with Aspen Plus 2006.5, using the
eng–Robinson equation of state with the Boston–Mathias mod-
fication throughout the flowsheet, except: Redlich–Kwong–Soave
OS with predictive Holderbaum mixing rules for streams primar-
ly containing CO2 and H2O well below the critical point of CO2,
nd the electrolyte–NRTL model with Henry coefficients and elec-
rolyte chemistry specifications obtained from the AP065 databank
or CO2/H2O rich streams near the critical pressure of CO2.

.2. Steam reforming of natural gas

The reforming process involves reacting natural gas with steam
t high temperatures (above 700 ◦C) to produce syngas (a gas rich
n CO and H2) through the following endothermic reactions:

nHm + nH2O ↔ nCO + (0.5m + n)H2 (1)

t atmospheric pressure, 99% conversion of methane can be
chieved with H2O:CH4 molar ratios of 3:1 at about 750 ◦C. As
he pressure increases, the temperature requirement for 99% con-
ersion increases dramatically, approaching 1000 ◦C for 15 bar
ressure [7]. In addition to the steam-reforming reaction, the
ater–gas-shift (WGS) reaction (2) and CO2 reforming (3) reaction
ay take place [8]:

O + H2O ↔ CO2 + H2 (2)
H4 + CO2 ↔ 2CO + 2H2 (3)

t has commonly been assumed that power generation systems
sing SOFCs can be designed such that the steam-reforming pro-
ess takes place inside the SOFC anodes simultaneously with the
er Sources 195 (2010) 1971–1983

power generation reactions discussed in Section 2.4 [9–12]. Ther-
modynamically, this is advantageous since heat released by the
electrochemical oxidation of CO and H2 at high temperatures can be
used to satisfy the high-temperature energy needs of the endother-
mic steam-reforming process directly. However, the deposition of
carbon solids inside the anode is a major challenge to the feasi-
ble, long-term operation of an internal steam-reforming process
[13–16]. Chemical equilibrium predictions show that for methane
fuels above 400 ◦C, graphitic carbon exists as a stable, condensed
phase [15]. As a result, the attainable fuel cell voltage decreases,
causing a significant drop in the efficiency of the cell. Therefore,
for natural gas fuels, steam reforming should occur upstream of
the SOFC power generation section [16]. The use of pre-reformed
methane has been experimentally demonstrated for a 5 kW scale
SOFC power plant using pre-reformed LNG for 1000 h [17].

In the process of Fig. 1, natural gas is preheated to 615 ◦C and
expanded to 12.5 bar through Turbine 1, producing power (see
Section 2.8 for the methodology of selecting this pressure). The
expanded natural gas (now at 550 ◦C) is fed to the pre-reformer
with steam at a 2:1 C:H2O ratio, which is sufficient for nearly com-
plete conversion of ethane, propane, and butane while avoiding
carbon deposition issues [8,18]. Because they have a relatively low
concentration, the temperature drop of the bulk gas is relatively
small. Therefore, the pre-reformer can operate adiabatically and
still achieve high conversion. In the model for the pre-reformer,
99.9% conversion of CnHm for n > 1 via Eq. (1) is specified. Methane
steam reforming (n = 1 in Eq. (1)) and Eqs. (2) and (3) are modeled
as equilibrium reactions [8]. Note that the latter three only have
a small impact on the reactor products, and that some methane is
actually generated in this step [18].

The pre-reformer effluent is then heated to 950 ◦C and sent to
the reformer. Because of a significant endotherm, heat is provided
by integration with downstream sections of the plant, maintaining
the reformer temperature at 950 ◦C. In the model for the reformer,
methane steam reforming and Eqs. (2) and (3) are modeled as equi-
librium reactions. It is assumed that the pre-reformer has a 0.4 bar
pressure drop and the reformer has a 0.6 bar drop, which is con-
sistent with existing industrial plants [8]. Lower pressures increase
the methane conversion, but have a negative impact on the elec-
trical efficiency of the downstream SOFCs, as described in Section
2.4.

Other types of reforming techniques, such as partial oxidation
(POX) or autothermal reforming (ATR), may be used instead of
steam reforming. These mature techniques are discussed in Sec-
tion 2.9. This work considers the effect of their integration into the
overall process, rather than the finer details of their implemen-
tation. For a closer look at these issues, we refer to Chapter 4 of
Steynberg and Dry [8].

2.3. Syngas shifting

Though the use of natural gas-derived syngas as fuel for SOFCs
has been previously proposed [13,19–22], recent studies have
shown that syngas fuels have the same carbon deposition issues
as methane fuel. Like methane, chemical equilibrium predictions
show the formation of a stable, graphitic carbon phase when CO is
present in the SOFC anode under normal operating conditions [15].
This is also true for a range of fossil fuel-derived syngas mixtures.
Marquez et al. [23] confirmed experimentally that the presence of
CO in the anode can cause both power loss and cell degradation,
leading to a shorter lifetime and reduced efficiencies. Although Lim

et al. [17] were able to run a SOFC for over a month on a syngas
fuel, the effects of long-term exposure on the usable lifetime are
still unclear. Furthermore, the authors showed that significantly
more power was produced when running the fuel cell on H2 rather
than a mixture of H2 and CO, highlighting the negative impact of
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Fig. 1. The production of electricity

O. However, it remains to be seen how this effect applies to other
perating conditions.

In the water–gas-shift reaction (2), CO is converted to H2
y reaction with steam. Although many variations are possible,
he process of Fig. 1 utilizes two reactors in series: a high-
emperature (300–350 ◦C) plug flow reactor and a low-temperature
200–250 ◦C) plug flow reactor, with an intermediate cooler. It is
ssumed that 80% conversion is achieved in the high-temperature
eactor, and the low-temperature reaction approaches equilibrium,
r about 96% conversion overall [6]. Though the actual conversion
n the high-temperature reactor may vary with reactor dimen-
ions, catalyst selection, and other factors [61], the impact on the
lant electrical efficiency will be negligible if the second reactor
pproaches chemical equilibrium. Depending on the amount of
team used in the upstream reforming steps, additional steam is
upplied to bring the H2O:CO ratio up to 2:1 (via stream 37). The
eactor effluent consists of >60 mol% H2, with the balance mostly
2O and CO2 (the SOFC anode is tolerant of both). A pressure drop
f 0.7 bar is assumed for each reactor.
.4. Power generation

The SOFCs produce power through the following reactions:

2 + O2− → H2O + 2e− (anode) (4)
igh-purity water from natural gas.

CO + O2− → CO2 + 2e− (anode) (5)

O2 + 4e− → 2O2− (cathode) (6)

Note that CO will be in very small quantities if the fuel is shifted
syngas. The H2 rich fuel is fed to the SOFC anode, while an oxygen
source is provided in the cathode (usually air). Oxygen molecules
encounter free electrons, producing ions (O2−). The ions are con-
ducted through the solid electrolyte and enter the anode, reacting
with the fuel and releasing electrons. The electrons travel through
the circuit, producing power, and return to the cathode. It is
assumed that it is possible to consume up to 92% of the H2 in the
fuel cells [24].

In the example, the SOFCs operate at 10.1 bar and around 950 ◦C.
Pressures up to 20 bar are technologically permissible, with higher
pressures leading to somewhat higher efficiencies. However, effi-
ciency losses become significant as the SOFC pressure decreases
below 10 bar [24,25]. Ultimately, the design pressure should be cho-
sen as part of a plant-wide optimization problem, where raising the
system pressure increases the electrical efficiency of the SOFCs but
decreases the conversion of methane in the reformers.

SOFCs typically operate at 800–1000 ◦C, with higher temper-

atures providing higher overall efficiency [24,25]. A portion of
the heat of reaction is released as heat instead of electricity, and
so inter-cooling stages are necessary to prevent temperatures
from rising above 1000 ◦C. These inter-cooling stages can be heat-
integrated with the steam reformer to provide a large portion of
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Table 1
Example stream conditions for the process shown in Fig. 1 an assumed 86% fuel utilization of H2 in the SOFCs.

Stream

1 2 3 4 5 6 7 8 9 10 11 12 13

T (◦C) 38 615 550 471 950 950 600 328 232 253 910 962 1413
P (bar) 30.0 30.0 12.5 12.1 12.1 11.5 11.5 10.8 10.8 10.1 10.1 8.7 8.7
F (kmol h−1) 4348 4348 4348 7127 7127 27,569 27,569 27,569 27,569 27,569 27,569 27,569 27,790
Vapor frac. 1 1 1 1 1 1 1 1 1 1 1 1 1

Mole fractions
CH4 93.9% 93.9% 93.9% 60% 60% 0.2% 0.2% 0.2% 0.2% 0.2% 0.2% 0.2% 19 ppm
C2H6 3.2% 3.2% 3.2% 19 ppm 19 ppm 5 ppm 5 ppm 5 ppm 5 ppm 5 ppm 5 ppm 5 ppm 49 ppb
C3H8 0.7% 0.7% 0.7% 4 ppm 4 ppm 943 ppb 943 ppb 943 ppb 943 ppb 943 ppb 943 ppb 943 ppb 9 ppb
C4H10 0.4% 0.4% 0.4% 3 ppm 3 ppm 798 ppb 798 ppb 798 ppb 798 ppb 798 ppb 798 ppb
CO 0.3% 0.3% 11.8% 11.8% 2.4% 2.4% 0.6% 0.6% 848 ppm 8 ppm
CO2 1% 1% 1% 4% 4% 4.8% 4.8% 14.3% 14.3% 16% 16% 16.5% 16.7%
H2 10.1% 10.1% 52.1% 52.1% 61.6% 61.6% 63.3% 63.3% 8.9% 879 ppm
H2O 25.2% 25.2% 30.9% 30.9% 21.5% 21.5% 19.7% 19.7% 74.2% 82.8%
N2 0.8% 0.8% 0.8% 0.5% 0.5% 0.1% 0.1% 0.1% 0.1% 0.1% 0.1% 0.1% 0.2%
O2 9 ppb 9 ppb 14 ppb 14 ppb 14 ppb 14 ppb 14 ppb 14 ppb 24 ppm
Ar 559 ppb 559 ppb 904 ppb 904 ppb 904 ppb 904 ppb 904 ppb 904 ppb 904 ppb 0.2%

Stream

14 15 16 17 18 19 20 21 22 23 24 25 26

T (◦C) 50 21 21 21 21 21 21 21 202 21 80 56 22
P (bar) 8.7 8.7 8.6 8.6 4.0 1.1 1.1 4.0 8.7 8.6 74.0 74.0 74.0
F (kmol h−1) 27,790 27,937 8850 14,283 8827 8812 16 22 38 4805 4805 4695 4696
Vapor frac. 0.17 0.17 0.00 0.00 0.00 0.00 1.00 1.00 1.00 1.00 1.00 1.00 0.00

Mole fractions
CH4 19 ppm 19 ppm 20 ppb 20 ppb 360 ppb 8 ppm 5 ppm 109 ppm 109 ppm 111 ppm 110 ppm
CO 8 ppm 8 ppm 7 ppb 7 ppb 100 ppb 3 ppm 2 ppm 49 ppm 49 ppm 50 ppm 50 ppm
CO2 16.7% 17.1% 0.5% 0.5% 0.2% 650 ppm 97.8% 99.3% 98.6% 96.9% 96.9% 97.1% 97.1%
H2 879 ppm 875 ppm 281 ppb 281 ppb 3 ppb 1 ppm 111 ppm 66 ppm 0.5% 0.5% 0.5% 0.5%
H2O 82.8% 82.5% 99.5% 99.5% 99.8% 99.9% 2.2% 0.6% 1.3% 0.3% 0.3% 606 ppm 606 ppm
N2 0.2% 0.2% 818 ppb 818 ppb 9 ppb 5 ppm 323 ppm 191 ppm 1.3% 1.3% 1.3% 1.3%
O2 24 ppm 24 ppm 28 ppb 28 ppb 536 ppb 11 ppm 7 ppm 139 ppm 139 ppm 141 ppm 141 ppm
Ar 0.2% 0.2% 2 ppm 2 ppm 57 ppb 32 ppm 673 ppm 407 ppm 0.9% 0.9% 1% 1%

Stream

27 28 29 30 31 32 33 34 35 36 37 38 39

T (◦C) 39 56 80 15 398 910 962 50 550 950
P (bar) 153.0 74.0 8.7 1.0 10.1 10.1 8.7 1.1 12.5 12.1
F (kmol h−1) 4696 109 1442 43,390 43,390 43,390 35,812 35,812 2,283 12,000 0 0 0
Vapor frac. Supercrit. 0 1 1 1 1 1 1 1 1

Mole fractions
CH4 110 ppm 75 ppm 20 ppb 20 ppb
CO 50 ppm 5 ppm 7 ppb 7 ppb
CO2 97.1% 88.2% 0.1% 300 ppm 300 ppm 300 ppm 363 ppm 363 ppm 0.5% 0.5%
H2 0.5% 4 ppb 282 ppb 282 ppb
H2O 606 ppm 11.5% 3% 1.1% 1.1% 1.1% 1.3% 1.3% 99.5% 99.5%
N2 1.3% 0.1% 1.8% 77.2% 77.2% 77.2% 93.5% 93.5% 818 ppb 818 ppb

20.8
0.9%
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O2 141 ppm 29 ppm 92% 20.8% 20.8%
Ar 1% 0.2% 3.1% 0.9% 0.9%

he high-temperature heat requirement. This is an advantage over
ther steam-reforming processes where a portion of the natural
as is combusted for the express purpose of providing high quality
eat to the reformer, leading to an overall efficiency loss.

In the process of Fig. 1, shifted syngas is heated to 910 ◦C in HX5
nd fed to the anode of the SOFC stack. Ambient air is compressed
o 10.1 bar, preheated to 910 ◦C in HX7, and fed to the cathode. The
uel cells maintain separate anode and cathode exhaust streams,
reventing the spent air from entering the fuel exhaust. Thus, the
uel exhaust essentially consists only of the waste gases (H2O and

O2) and some unreacted CH4 and H2.

The anode exhaust is fed to an oxidation reactor, where the unre-
cted H2 (and any CO or CH4 that may also remain) is reacted with
stoichiometric amount of O2, creating heat, water and CO2. In

his example the oxygen source is provided at 92 mol% purity (the
% 4% 4% 28 ppb 28 ppb
1.1% 1.1% 2 ppm 2 ppm

balance is N2, Ar, and H2O) by the cryogenic distillation of air in
an air separation unit (ASU). The ASU model is described in detail
in another work [26]. Because the amount of oxygen required is
small, higher purity commercial sources may be more cost effec-
tive, particularly for smaller plants. The oxidation reactor exhaust
is heat-integrated with the rest of the process.

The cathode exhaust is expanded to atmospheric pressure
through a set of turbines, producing power. In this way, the air com-
pressor, HX7, SOFCs and turbines form a Brayton cycle, improving
the power output of the plant. The remaining heat in the expanded

air stream is recovered in the HRSG.

The SOFC stacks were modeled as they were in previous works,
assuming an ideal voltage of 0.96 V and an achieved voltage of
0.69 V applicable to pressures above 10 bar [26]. For pressures from
1 to 10 bar, a pressure-correction factor is applied [24], such that
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Table 2
Summary of a heat exchanger network for the example conditions in Table 1.

Duty (MW) T in (◦C) T out (◦C) Cp,avail
(MW ◦C−1)

Duty (MW)

I II III IV V VI

Heat needs
HX1 Natural gas preheat 38 38 615 0.07 3 1 27 7
HX2 Reformer preheat 56 470 950 0.12 16 16 22 2

Reformer heating 257 950 950 0.00 209 47
HX5 SOFC fuel preheat 178 253 910 0.27 39 5 29 89 16
HX7 SOFC air preheat 202 398 910 0.39 36 46 107 13
HRSG Pre-reformer steam gen. 40 21 550 0.08 5 3 18 14
HRSG Reformer steam gen. 266 21 950 0.29 42 1 32 151 40
HRSG Bottoming steam gen. 290 43 550 0.57 52 15 154 70

Available sources
HX3 WGS precooling −193 950 216 0.26 193
HX4 WGS interstage cool −25 328 232 0.26 25
SOFC SOFC interstage cool −209 950 950 0.00 209
HRSG Fuel exhaust cooling 1 −171 1413 958 0.38 171
HRSG Fuel exhaust cooling 2 −567 958 50 0.62 567
HRSG Air exhaust cooling −162 588 50 0.30 162
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he columns indicate the duty (in MW) of the heat exchanger connection between
MW of heat to the natural gas preheater, 16 MW to the reformer preheater, 39 MW

even connections. The “Cp,avail” column indicates the available heat capacity of ea

he achieved voltage follows the following relationship:

SOFC = 2.62 × 10−4P3 − 7.41 × 10−3P2 + 7.49 × 10−2P + 0.421

(7)

here VSOFC is the voltage in V and P is the inlet pressure in bar.

.5. Heat recovery and steam generation

The heat recovery and steam generation (HRSG) section of the
lant integrates all of the heat sources and sinks throughout the
lant. Some of this heat is used to produce the high tempera-
ure (950 ◦C), medium temperature (550 ◦C) and low-temperature
216 ◦C) steam required for the reforming, pre-reforming, and
ater–gas-shift units, respectively. The necessary water is pro-

ided by recycling a portion of the water recovered during CO2
ecovery (see Section 2.6), and contains a small amount of CO2
<1%). The remaining heat is used in a bottoming steam cycle to
roduce power. For this example, the steam cycle reaches 550 ◦C
nd 127 bar and uses a five-stage steam turbine with exit pressures
f 28.2, 6.3, 1.4, 0.4, and 0.07 bar.

A heat exchanger network (HEN) for this example is described
n Table 2. The HEN avoids temperature crossover, but assumes an
dealized 0 ◦C �Tmin for simplicity. This strategy provides an upper
ound on heat integration capability and therefore helps to identify
rocess configurations that are infeasible when heat integration

s taken into account. More rigorous HEN synthesis methods are
utside of the scope of this work.

It is assumed that all of the heat from the SOFC can be used
oward high-temperature (950 ◦C) heat sinks. Since SOFC stacks
re highly modular, this is technologically feasible by using a large
umber of inter-cooling stages. Alternatively, a tubular SOFC can
e directly heat-integrated with a reformer by using a cluster of
hysically adjacent tubes, alternating between SOFC and reforming
perations. Heat is then directly transferred from the SOFC tubes
o the reformer tubes via radiation [20]. For the system shown in
able 2, this could provide up to 81% of the reformer heat load.

It is interesting to note how the fuel utilization of the SOFCs

an affect the structure of the HEN. If the fuel utilization is raised,
lightly more heat is produced in the SOFCs, but less recoverable
eat is produced in the oxidizer, since less H2 is available for oxi-
ation. Overall, this reduces the amount of high quality heat for
se in the reformer and reformer preheaters. For this process, no
inks and sources. For example, column I indicates that the WGS precooler provides
e SOFC fuel preheater, etc., for a total of 193 MW of heat transfer through a total of
eam, given in terms of MW ◦C−1. This analysis assumes a 0 ◦C �Tmin.

valid HENs were found for fuel utilizations above 86%, which was
therefore chosen for the conditions shown in Table 1.

2.6. CO2 recovery

The spent fuel gas, after heat recovery, consists primarily of CO2
and H2O at low temperature and about 8.6 bar. The CO2 can be
recovered through a three-stage flash cascade process described
by Adams and Barton [27]. The gas stream is cooled to 21 ◦C and
flashed in a drum at 8.6 bar. The liquid product contains water at
about 99 mol% purity. A portion of this water is diverted to the HRSG
for steam production for the pre-reforming, reforming and/or WGS
operations as needed. The remaining water is flashed in two suc-
cessive drums at 4 bar and 1 bar. Vapor products from these drums
(rich in CO2) are recompressed to 8.6 bar and recycled to the first
drum. The liquid product from the last drum consists of >99.9 mol%
purity water, which can be treated and used for other purposes.

The CO2 rich vapor product from the first drum is compressed to
74 bar (near the critical point), cooled to 56 ◦C, and flashed in Drum
4. Most of the remaining water is recovered in the liquid phase and
recycled to the HRSG for steam generation. The vapor product is
condensed to a liquid and then pumped to supercritical pressures
(153 bar) for transportation in a CO2 pipeline.

2.7. Energy and environmental impact

For the conditions shown in Table 1, this process achieves
73.9%HHV electrical efficiency, producing a net 815 MW of elec-
tricity. As shown in Table 3, most of this is produced by the SOFC
stacks, and only 96 MW are produced by the steam bottoming cycle.
Although the power consumption of air compression for the SOFC
cathode is large, it is mostly provided for by the recovery Turbines
2 and 3.

As a basis for comparison, consider Case 14 in Woods et al. [6].
This process represents a typical NGCC with CO2 capture design,
where natural gas is directly combusted with air in a gas turbine,
and residual heat from the exhaust is captured in a bottoming steam

cycle. This achieves 44%HHV efficiency and a net power output of
490 MW for the same input—significantly lower than the SOFC-
based process. To capture the CO2, an amine-based absorption
process recovers CO2 from the cooled flue gas, typically recover-
ing about 90% of the CO2. The unrecovered gases (including NOX
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Table 3
The power and environmental breakdown of the NG-SOFC processes presented in this work and the NGCC process with CO2 capture presented in Case 14 of Woods et al. [6].

Methane reforming This work This work This work This work NGCC [6]
Reformer type Steam CO2 recycle Partial oxid. Autothermal N/A
NG expander (Turb 1) −5.4 −5.1 −5.4 −5.4 –
CO2 recycle compressor – 21.0 – – –

Power plant
Air multi-stage compression 137.9 142.1 96.4 105.1 –
SOFC power produced −751.7 −754.4 −562.6 −613.5 –
Gas turbine, including air compres. – – – – −370.2
Air power recovery (Turb 2) −57.0 −60.2 −39.4 −42.9 –
Air power recovery (Turb 3) −65.8 −65.0 −45.4 −49.6 –

HRSG
Total steam turbines −97.8 −105.4 −167.3 −148.8 −149.9
Total pumps 1.5 1.5 2.4 2.1 5.0

CO2 recovery
CO2/water separation (Comps 4 & 5) 0.1 0.1 0.1 0.1 –
Amine-based CO2 recovery – – – – 9.6
CO2 compression 9.4 9.1 9.5 9.4 15.0

Air separation
Air separation power consumption 13.9 13.9 34.8 29.0 –

Net power output (MW) 815.0 802.4 676.8 714.4 490.5
HHV NG feed (MW) 1102 1102 1102 1102 1102
Plant electrical efficiency (%HHV) 73.9% 72.8% 61.4% 64.8% 44.5%

Emissions summary
CO2 in pipeline (kmol h−1) 4563 4564 4567 4563 4141
Carbon capture 100% 100% 100% 100% 91%
CO2 emissions (tonne y−1) 0 0 0 0 151,000
NOX emissions (tonne y−1) 0 0 0 0 115
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or this work, cases using four different reforming techniques are presented. Some m
ower produced in MW, positive values indicate power consumed in MW.

nd 10% of the CO2) are emitted to the atmosphere through the
ue.

The SOFC-based process has essentially zero atmospheric emis-
ions. As shown in Table 3, nearly all of the carbon contained in
he natural gas feed is captured, liquefied, and sent to the pipeline
or sequestration. Only a slight amount of CO2 escapes in the high-
urity water product. It is permissible for some impurities to be
resent in the CO2 sequestration stream, provided that the CO2
urity is high enough. For this example, the water, N2, and Ar
oncentrations are low enough for many pipelines in use in the
ndustry [28]. Any NOX gases that might be formed during this pro-
ess (though neglected for this analysis) are also sequestered with
he CO2. Thus, no waste gases derived from the natural gas source
re emitted to the environment.

Additionally, this process produces water, rather than con-
umes. Because all of the steam requirements are provided by
ecovery of water produced in the fuel cells, no freshwater needs to
e added to the process. Rather, the recovered water is at very high
urity, suitable for municipal wastewater treatment. For cooling
equirements, cooling towers are typically preferred, which pro-
ide cooling by evaporating a supply of fresh water. The water
roduced in the power generation process can be recycled for
his purpose, reducing the consumption of water drawn from the
nvironment. Alternatively, if a waterless cooling system such as
ir-cooled exchangers is used (although at a larger energy penalty),
o freshwater will be needed at all, and thus the plant will on the
hole be water-positive. For this example, cooling towers were

ssumed for all cases. For the average gas-powered combined-
ycle plant in the United States, cooling towers consume only about

.4–0.5% of the total power output [57]. Therefore, the power con-
umption of the cooling towers was neglected for all cases in this
nalysis. The effect on the LCOE will not be significant.

The natural gas source in this example contained no other
mpurities, particularly sulfur. If other impurities were present,
uxiliary loads of [6] were not included for this comparison. Negative values indicate

modifications will need to be made to the flowsheet, and is an area
of future consideration.

2.8. Selection of steam-reforming conditions

The amount of methane conversion in the steam reformer has a
significant effect on the efficiency of the plant as a whole. Insuffi-
cient conversion will result in both a reduced amount of hydrogen
generation and a higher risk of carbon deposition, leading to lower
SOFC power production and lower efficiencies. Conversion can be
improved by reducing the reforming pressure and/or increasing
the steam:methane ratio. However, low pressures in turn reduce
the efficiency of the SOFC, and high steam ratios require a greater
consumption of high-temperature heat and larger capital costs.

To determine the best operating conditions, the system of Fig. 1
was simulating using a range of pre-reformer pressures (the spec-
ified outlet pressure of Turb 1) from 8.5 to 15 bar, and reforming
steam rates (the total flow of stream 36) ranging from 7000 to
13,000 kmol h−1 (resulting in steam:methane ratios of roughly
2:1–3.5:1). All downstream pressures and compressor specifi-
cations were adjusted accordingly. The resulting overall plant
efficiencies are shown in Fig. 2. In general, increasing the reforming
steam rate increased the electrical efficiency, but with diminishing
returns. This increased efficiency is due to the increased conversion
of methane in the reformer, producing more hydrogen, and thus a
higher power output in the SOFC. For a given steam rate, however,
an optimum pressure can be found, ranging from 11.5 to 12.5 bar
in the range considered, quantifying the tradeoff between the pres-
sure effects on the reformer conversion and the SOFC voltage. The

chosen design spec for the case shown in Table 1 is 12.5 bar pres-
sure and 12,000 kmol h−1 of reforming steam. This is the optimum
operating condition, since higher steam flow rates demanded too
much heat in the HRSG to produce and no suitable HEN could be
found.
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Fig. 2. Sensitivity of the efficiency of the SOFC-based process using steam reforming
to the total flow rates of steam and the pressure of the pre-reformer. The reformer
temperature is 950 ◦C. The optimal point and selected design points are annotated.
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provided by combustion.
ig. 3. Sensitivity of the total plant efficiency for the steam-reforming case with 40%
ecycle of the anode exhaust to the pressure of the pre-reformer and the flow rate
f steam to the reformer.

.9. Alternative reforming techniques

.9.1. Anode exhaust recycling
The steam-reforming process, though thermally efficient,

equires a significant amount of high-temperature heat transfer,
oth to the reformer itself and through the generation of steam at
50 ◦C. However, by recycling some of the high-temperature anode
xhaust (optional stream 39 shown in Fig. 1), much of this bur-
en can be alleviated. The exhaust is roughly 75% water and 25%
O2, both of which can be used for methane reforming according
o reactions (1) and (3).

As an example, 40% of the anode exhaust, after passing through
he oxidation reactor and a recycle compressor, is recycled to the
eformer. Potential operability problems associated with steam
ompression at high temperatures are ignored at present. Depend-
ng on the amount of reformer steam used, the generation of
dditional shifting steam (stream 37) may be avoided entirely. To
nd the optimal operating conditions, the pre-reformer pressure
the outlet pressure of Turb 1) and reforming steam rate (stream
6) are varied from 8.5 to 15 bar and 1000 to 4000 kmol h−1, respec-
ively, as shown in Fig. 3. Only pressure had a significant impact
n the overall efficiency, with the most optimal pressure being
3 bar for nearly all steam rates in consideration. Thus, the final
esign condition was selected as 13 bar and 1000 kmol h−1 (a 92%
eduction in high-temperature steam generation), which had an

fficiency of 72.8%HHV. Higher steam rates had only a negligi-
le impact on the efficiency. Selected stream conditions using this
trategy are given in Table A of the supplementary material avail-
ble on the journal website.
er Sources 195 (2010) 1971–1983 1977

The resulting process was only slightly less efficient (∼1 per-
centage point) than the steam-reforming case without recycle, as
shown in Table 3, but required significantly less high-temperature
steam generation, as shown in Table 4. Although the anode recy-
cle case had generated about 8 MW more power from the SOFCs
and the HRSG, this was insufficient to provide for the energy con-
sumption of the anode exhaust recycle compressor, and thus is
responsible for the small decrease in net power. Thus, the decision
to recycle the anode exhaust must be determined by rigorous cap-
ital cost and operability considerations. For this case, it is unlikely
that the capital cost savings from the smaller high-temperature
heat exchanger will be large enough to justify the increased costs
of the reformer, shift units, SOFCs, and oxidation reactor, which
all must be enlarged to account for the increased volume due to
recycle, as well as the cost of a new compressor capable of han-
dling the high-temperature anode exhaust. It should also be noted
that a valid HEN for this system could not be found, due to the sig-
nificantly reduced availability of high-temperature heat from the
anode exhaust which contributes to the bottoming cycle, SOFC pre-
heating, and others. It may therefore be necessary to make other
modifications, such as partial gas firing or oxidation to provide the
necessary heat, generating less steam at the higher stages of the
bottoming cycle, or introducing externally provided utilities. These
techniques will reduce the electrical efficiency of the plant, and
therefore will only be preferable to steam reforming when consid-
erable capital cost benefits can be demonstrated. Such possibilities
are outside the scope of this work.

2.9.2. Partial oxidation and autothermal reforming
To reduce the requirement of high-temperature reforming

steam without recycling the anode exhaust, other reforming tech-
niques can be considered. For example, partial oxidation (POX) can
be employed to generate syngas from methane using oxygen over
a suitable catalyst [29] according to:

CH4 + 0.5 O2 → CO + 2H2 (�H298 K = −36 kJ mol−1) (8)

Because this reaction is exothermic, both methane preheating
(with HX2) and external reformer heating become unnecessary.
However, POX produces only two moles of hydrogen per mole of
methane, compared to three moles for steam reforming, and thus
less power is produced in the SOFCs downstream.

Without an external heating source, it is impractical to combine
POX with steam reforming because the heat released by POX is
too small to supply the heat needed for the steam-reforming reac-
tion (�H298 K = 206 kJ mol−1) and maintain a constant temperature
[30]. For example, at standard conditions (ignoring the unfavorable
equilibrium at low temperatures) 5.7 moles of CH4 must be par-
tially oxidized for each mole of CH4 reformed. This ratio is even less
favorable at high temperatures, rising to 22.9 at 950 ◦C as predicted
thermodynamically using Aspen Plus. Instead, complete combus-
tion of methane is needed to provide adequate heat, according to:

CH4 + 2O2 → CO2 + 2H2O (�H298 K = −890 kJ mol−1) (9)

Using a restricted oxygen supply, a portion of the methane is fully
oxidized, which provides ample heat to simultaneously reform the
rest of the methane using steam. Overall, more methane is con-
verted to H2 than with POX, leading to higher power production
in the SOFC. This is the principle of autothermal reforming (ATR).
Compared to pure steam reforming, much less high-temperature
steam is needed, and the temperature of that steam can be signif-
icantly lower, since the remaining high-temperature heat can be
The process of Fig. 1 is modified slightly so that the steam
reformer is replaced with either POX or ATR reactors (the pre-
reformer remains the same). In either case, oxygen at 92% purity
is provided from the air separation unit (stream 38), at the same



1978 T.A. Adams II, P.I. Barton / Journal of Power Sources 195 (2010) 1971–1983

Table 4
Summary of water and oxygen use for various reforming techniques considered in this work.

Methane reforming This work This work This work This work NGCC [6]
Reformer type Steam Steam/CO2 Partial oxid. Autothermal None

Steam to pre-reformer (stream 35) kmol h−1 2272 2271 2272 2272 –
Pre-reformer steam temp. ◦C 550 550 550 550 –
Steam to reformer (stream 36) kmol h−1 11,942 995 – 4230 –
Reformer steam temp. ◦C 950 950 – 950 –
Oxygen to reformer (stream 38) kmol h−1 – – 2778 2115 –
Anode exhaust to Ref. (stream 39) kmol h−1 – 12,304 – – –

Water–gas-shift
Steam to WGS reactor (stream 37) kmol h−1 – 1657 5174 1554 –
Steam temperature ◦C – 216 216 216 –

Steam bottoming cycle
Circulatory steam kmol h−1 17,623 19,067 30,254 26,912 49,827
Power generated MW −96 −104 −165 −147 −150

Amine CO2 recovery
Circulatory steam kmol h−1 – – – – 15,510

Consumption and emissions
Total steam in circulation kmol h−1 31,836 23,990 37,700 34,968 65,337
Net water loss to atmos. kmol h−1 – – – – 2959
Recovered liquid water kmol h−1 8806 8816 8884 8865 –
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he results are compared against the NGCC with 90% CO2 capture process (Case 14
ses a higher rate of circulatory steam used in the bottoming cycle due to different
ig. 1 are annotated in parentheses.

tream conditions as the oxygen fed to the oxidation reactor
stream 29). The steam fed to the reformer is reduced as needed,
nd the steam fed to the WGS reactors is adjusted accordingly to
eet a 2:1 H2O to CO ratio. A summary of the energetic and environ-
ental breakdown for these two cases is shown in Table 3. Details

n water circulation and emissions can be found in Table 4.
For the POX and ATR cases, the pre-reformer conditions remain

he same as in the previous cases. However, the reformer itself
perates adiabatically, and for the POX case, does not employ a
reheater (HX2). For the ATR case, the reformer was modeled as
n equilibrium reactor using reactions (1), (2), (3) and (9). For the
OX case, it was assumed that 99% of the CH4 is oxidized, and that
he catalyst used for POX achieved 90% selectivity—that is, 90% of
he oxidation occurs via (8), and the balance occurs via (9) [29].
gain, reactions (1), (2), (3) are assumed to be in equilibrium. HENs

ere found for both designs but are omitted for brevity. Oxygen for

ither POX and ATR (stream 38) is provided from the ASU.
Selected stream conditions for the POX design are given in

able B in the supplementary material. A stoichiometric amount of

ig. 4. The effect of the pre-reformer pressure on the power production or load on
arious sections of the plant for the case using partial oxidation, expressed as the
mount of improvement over the optimal case (e.g., if the turbines produce more
ower than the optimal case, it is a positive number, and if a compressor uses more
ower, it is a negative number). The optimal case is 12.5 bar. The SOFC unit includes
he air compressor, Turb 2 and Turb 3; the CO2 compression line includes Turb 4,
urb 5, the CO2 compressor and CO2 pump.
ods et al. [6]). Note that the NGCC process does not use reforming or shifting, and it
configurations and assumptions. Where applicable, stream numbers according to

oxygen was fed to the reformer via stream 38 based on the methane
in the feed. It is interesting to note that due to the small H2O:C
ratio, the steam-reforming and water–gas-shift reactions occur in
reverse, but this is offset by the carbon dioxide reforming reac-
tion. The net effect is that an additional 0.9% of the methane in
the feed is converted to CO and water, resulting in 99.9% conver-
sion. The pre-reformer pressure was subject to optimization in the
8.5–15 bar range, and it was found that 12.5 bar was optimal, as
shown in Fig. 4. As the pressure decreases from 12.5 bar, the total
plant power drops precipitously due mostly to the reduced per-
formance of the SOFC unit. Above that, no further gains are seen in
the SOFC output, due to the SOFC model assumption that negligible
voltage improvements are seen above 10 bar.

Selected stream conditions for the ATR design are given in
Table C in the supplementary material. Here, the flow rates of
reforming steam (stream 36) and reforming oxygen (stream 38)
are parameters, which affect the total plant efficiency as shown in
Fig. 5. As was the case for pure steam reforming (see Section 2.8),
increasing the steam flow rate generally increased the methane

conversion and therefore the total plant efficiency, but with dimin-
ishing returns. For a given steam flow rate, however, an optimum
oxygen flow rate can be found. Increasing the oxygen rate increases
the amount of methane oxidized, which raises the temperature of

Fig. 5. The effect of reforming steam (stream 36) and oxygen (stream 38) total flow
rates on the total plant efficiency for the ATR case.
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Table 5
Summary of natural gas power plants using gas turbines (GT) or solid oxide fuel cells (SOFC).

External reforming? Water–gas-shift? CO2 capture Efficiency (%HHV) References

Gas turbines only
None None Single condenser after turbine – [37]
None None Absorption after turbine 40–45% [6,31,32]
Steam None Single condenser after turbine 46% [7]
ATR, steam Before turbine Absorption before turbine 40–41% [7,35]

Combined gas turbine and SOFC
None None None 56–72% [12,36,38–43]
None None Absorption after GT/SOFC 54–59% [34]
None None Single condenser after GT/SOFC 53% [36]
Steam None None 41–42% [17,44,45]
Steam None Absorption after GT/SOFC – [33]
ATR Before turbine Absorption before GT/SOFC 40% [36]

SOFC only
None None None 54–63% [9,10]a

None After SOFC Absorption after SOFC 63% [11]
None None Single condenser after SOFC 61–62% [11]
POX, ATR None None – [19,22]
Steam None None 54% [13]a

Steam None Single condenser after SOFC 44–58% [20,21]
e flash
e flash
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POX, ATR Before SOFC Multi-stag
Steam Before SOFC Multi-stag

a The referenced process did not consider a bottoming cycle to recover useful he
lectricity with 45% efficiency.

he reformer, and in turn promotes a more favorable equilibrium
or the steam-reforming reaction. However, the counter-effect of
ncreasing the amount of methane oxidized is that the amount of
H4 used toward the electrochemical production of electricity in
he fuel cell is reduced, being ultimately directed toward the less
fficient bottoming cycle, resulting in a net reduction in total power.

The design selected for the ATR case uses an oxygen flow rate
f 2300 kmol h−1 and a steam rate of 4250 kmol h−1, reducing the
eforming steam rate by about 65%. Although the efficiency of
his point (64.8%HHV) is a bit lower than some points at higher
team rates (for example, 66.4%HHV at 1900 kmol h−1 O2 and
4,250 kmol h−1 steam), the principle motive for using this ATR
onfiguration is to reduce the amount of steam generation at 950 ◦C.

From these results, it is clear that the steam-reforming approach
s significantly more energy efficient, having an electrical efficiency
.1 percentage points higher than the ATR case and 12.5 points
igher than the POX case. A small portion of this difference is due
o the increased load on the air separation unit in the POX and ATR
ases. However, it is mostly attributed to the greater amount of
nergy of the methane recovered (via H2) using the more efficient
OFC rather than the bottoming cycle. Furthermore, this increased
oad on the bottoming cycle requires almost twice as much steam
or that purpose in the POX and ATR cases. As a result, any benefit
rom the steam savings to the reformer by using POX or ATR tech-
iques is counterbalanced by increased internal circulation in the
ottoming cycle, resulting in about 25% more total steam circula-
ion for the POX and ATR processes as a whole. Therefore, the POX
r ATR designs should primarily only be considered when there is a
ignificant capital or operability benefit from avoiding some or all
f the high-temperature steam generation, or when heat integra-
ion of the reformer with the SOFCs or other sections of the plant is
ot practical.

. Discussion

.1. Comparison to other natural gas strategies
Many researchers and inventors have considered other varia-
ions using natural gas, as summarized in Table 5. Most use either

gas turbine (GT), SOFC, or a combination of the two. In gen-
ral, combining a GT with an SOFC is a more thermodynamically
after SOFC 61–67% This work
after SOFC 73–74% This work

comparison purposes, it is assumed that the useful heat produced is recovered as

efficient topping cycle strategy than a GT alone, and in turn, a SOFC-
only system is the most efficient. CO2 capture strategies can be
broadly grouped into two categories: amine-based absorption and
water condensing. Typically, amine-based absorption either takes
place after the power generation step to recover CO2 from N2-rich
exhaust gas [6,11,12,31–34], or, before the power generation step
to recover CO2 from syngas [7,35,36]. If the latter, a water–gas-shift
step is necessary to generate the CO2. These absorption processes
usually require a significant amount of power, reducing the over-
all electrical efficiency of the plant by 7–17 percentage points
[6,36].

The water condensing strategy is only applicable if the flue gas
consists primarily of CO2 and water. For combustion, this requires
that the oxygen source is nearly pure so that N2 does not dilute the
waste stream. This can be provided by modifying the ASU to pro-
vide higher purity O2 [7,58], or through future technologies such
as ceramic autothermal recovery [59] or chemical looping com-
bustion [60]. Although each strategy has tradeoffs between the
CO2 purity, recovery rate, cost, and efficiency, the overall penal-
ties associated with generating the large amount of high-purity
O2 required for this approach are approximately the same as the
penalties for amine-based CO2 absorption methods. For SOFCs, as
long as the anode and cathode exhaust gases are kept separate, air
can be used as the oxygen source, avoiding these high costs. The
water condensing step is usually specified as a single condenser
[7,11,20,21,30,36,37,46], which requires significantly less power
and capital than a typical multi-column absorption process with
a specialized solvent.

The high efficiency of the proposed process is due mostly to
the efficient use of SOFCs heat-integrated with steam reforming,
and the use of a water condensing strategy for CO2 recovery. The
use of the water–gas-shift reactors also contributes to the effi-
ciency of the plant, since SOFCs produce more power with H2 fuel
than with syngas [17]. As shown in Table 5, it achieves a higher
efficiency than any CO2 capture-enabled processes described
in the literature, to the best of our knowledge. However, this

comparison is only approximate, since differences in the inlet
pressure, methane content, and impurities of the natural gas feed-
stock will affect the overall efficiency. Nevertheless, this process
should remain competitive compared to currently known alterna-
tives.
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The process described in this paper is unique in several impor-
ant ways. First, it is the only SOFC-based process (except for
ranzoni et al. [36]) to use the reforming and water–gas-shift reac-
ions upstream of the SOFC. If WGS is not used, the CO present in
he fuel can cause carbon deposition and cell damage, as discussed
n Sections 2.2 and 2.3. Thus, those processes are not practical for
ong-term industrial application.

The process of Franzoni et al. [36] does use both reforming and
GS reactions, but it uses an absorption process upstream of the

ower generation section. This contributes to a 17 percentage point
rop in electrical efficiency (compared to an equivalent case with-
ut CO2 capture). Furthermore, only about 90% capture is usually
chievable through these methods. By comparison, the process of
his paper reduces the energy penalty of capture to 1 percentage
oint, and achieves 100% CO2 capture.

Third, the water condensing process to recover CO2 used in this
ork utilizes a multi-stage flash cascade technique, which enables

he recovery of high-purity water as well as CO2. If a single-stage
ash is used, particularly at higher pressures, the CO2 content in
he recovered water stream is high, giving lower CO2 recoveries.
urther details can be found in [27].

Other variations for natural gas plants involving SOFCs have
een proposed. Geisbrecht and Williams [47] disclosed a process
ith SOFCs combined with polymer electrolyte fuel cells as a bot-

oming cycle, but this uses syngas for fuel and suffers from the
ame carbon deposition issues mentioned above. Micheli et al. [48]
escribe a comparable system combining SOFCs with molten car-
onate fuel cells achieving about 64%HHV efficiency, but again this
uffers from the same carbon issues and does not support CO2 cap-
ure. Labinov et al. [49] propose separating syngas into CO and H2
omponents by membranes and using separate SOFCs for each, but
gain, deposition issues remain.

.2. Levelized cost of electricity

The levelized cost of electricity (LCOE) for the steam-reforming
ase case presented in this work (Table 1) is compared against the
raditional NGCC case, both with and without carbon capture. These
re derived from Cases 13 and 14 of Woods et al. [6] which use
he same feed conditions as this work. Capital costs for the NGCC
ases were taken from [6], which were derived from engineering
stimates, quotes, and consultations.

Capital costs for the SOFC-based processes were scaled from
ppropriate estimates in [6] using the six-tenth’s rule, where appli-
able. This applied to water handling systems, cooling towers,
O2 compression, water–gas-shift units, air compressors, the HRSG
including steam turbines), the ASU, electrical transformers, cata-
ysts, and other miscellaneous items. The remaining cost estimates

ere computed in-house using Aspen Icarus 2006.5 software. In
ases where the size of the unit greatly exceeded the maximum
ize considered by the software, cost estimates from Seider et al.
50] are used to calculate the quoted purchase cost, which are then
sed by Icarus to compute the indirect and total costs of the unit.
mall pumps, nozzles, and valves are ignored due to their negligible
ontribution to the capital cost of the plant, except where already
ncluded in [6] or in Icarus analyses by default.

The oxidation reactor is sized to achieve a superficial velocity of
.0 m s−1 with an aspect ratio of 1.79, which should be sufficient for
early 100% oxidation of H2 at high temperature in a catalytic bed
51]. The shell is constructed from Inconel to maintain stability at
igh temperature [52]. This yields cost estimates roughly 10 times

hat when using carbon steel, and so is a conservative estimate.
ikewise, the reformer shell, natural gas preheater and reformer
reheater are also constructed from Inconel.

The pre-reformer was modeled as an adiabatic packed-bed reac-
or. The size estimate was determined by integration of the PFR
er Sources 195 (2010) 1971–1983

design equation using an appropriate rate law for ethane steam
reforming and assuming 99.9% conversion of ethane [53]. The steam
reformer is modeled as a large shell-and-tube heat exchanger, since
heat must be continually provided by heat integration with down-
stream sources. In this case, heat sources pass through the shell
side and reforming takes place in the catalyst-packed tubes [8].
In the absence of detailed design and cost information about how
the SOFC and reformer might be heat-integrated, this approach is
an acceptable estimate. The internal volume of the tubes is more
than sufficient to meet the volume required for 99% conversion of
methane, as estimated by the plug flow reactor design equation
and an appropriate rate law [54], and is consistent with the size
of industrial reformers [8]. Catalysts (and installation costs) for the
pre-reformer and reformer are assumed to cost 10% of the total
direct cost of the corresponding unit, and annual replacement costs
are assumed to be the same as the quoted costs for the WGS catalyst
(these are small contributions to the total).

The cost of the SOFCs is uncertain, and so $500 kW−1 and
$1000 kW−1 cases are considered. These prices include the equip-
ment, materials, installation, wiring, labor, and contingencies. The
US DOE target price for 2010 is $400 kW−1 [55], and so these cor-
respond to reasonable and conservative estimates, respectively.
Itemized summaries and other details about the cost analysis can be
found in the supplementary material included in the online version
of this journal.

The LCOEs are computed assuming: a grassroots/clear-field
plant is constructed in 2012 (expressed in $1Q2007); 20 year life-
time; 10% discount rate; 2.8% annual inflation rate; and 20% of the
capital cost is paid in the first year, with a 20 year loan covering the
balance, repaid in equal annual installments at 10% interest com-
pounded annually. Assuming that carbon taxes are not taken into
account, Table 6 shows a summary of the results. Cases 1–3 show
results for the steam-reforming base case considering variations
in SOFC price and whether or not CCS is employed. Cases 4 and
5 consider NGCC cases without and with carbon capture, respec-
tively. Because of the uncertainty of constructing a plant around a
new design, Case 1 (which is already conservatively estimated) is
reconsidered assuming that all non-fuel operating costs are dou-
bled (Case 6), or all capital costs are 25% or 50% greater (Cases
7 and 8, respectively). As a point of comparison, four cases using
coal instead of natural gas are considered, each scaled to the same
power output as Case 1. Cases 9 and 10 are subcritical pulverized
coal plants without and with CCS, respectively, derived from Ref.
[6]. Case 11 is a coal-based integrated gasification combined-cycle
(IGCC) plant with CCS, also derived from Ref. [6]. Case 12 is a CCS-
enabled, SOFC-based coal plant using similar concepts to this work
[26].

One of the more interesting results of this analysis is that the
conservative estimate for the CCS-enabled process of this work
(Case 1) has a lower LCOE than even the NGCC case without CCS
(Case 4), despite the fact that Case 1 has 4 times the capital cost
of the NGCC case. This is attributed primarily to the large electri-
cal efficiency of Case 1, brought about by the generation of H2 and
the use of SOFCs instead of a gas turbine. Thus, there is a signifi-
cant financial incentive to construct this plant, even without carbon
taxes. Also, it is interesting to note that constructing the SOFC-based
without carbon capture (Case 3) only represents a LCOE savings of
less than 0.2 ¢ kW−1 h−1 (2%). Thus, the penalty for carbon capture
in this case is reduced to a minimum. Furthermore, even assuming
that the capital costs will be 50% more than anticipated (Case 8),
the LCOE for this plant is still significantly lower than NGCC with

CCS, even though the capital costs are roughly 3 times higher.

Putting aside various reasons for using one fuel type or another,
traditional pulverized coal without CCS (Case 9) remains the cheap-
est option, as expected. However, once carbon taxes are imposed,
this no longer is the case as will become apparent in the next sec-
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Table 6
Cost summary for a variety of natural gas and coal plants, using various power supply methods, with or without carbon capture strategies.

Case #

1 2 3 4 5 6

Fuel type NG NG NG NG NG NG
Power supply SOFC SOFC SOFC Gas turb. Gas turb. SOFC
SOFC cost ($ kW−1) $1,000 $500 $1,000 $1,000
Carbon capture 100% 100% 0% 0% 90% 100%
Sensitivity case 2 × operating

Electrical efficiency (%HHV) 74% 74% 75% 51% 44% 74%
Thermal input (MW) 937 937 937 937 937 937
Power output (MW) 693 693 701 476 410 693

CO2 emitted (kg MWh−1) 0 0 244 361 42 0
CO2 sequestered (tonne y−1) 1,495,325 1,495,325 – – 1,356,746 1,495,325

Total capital cost ($1000s) $1,239,482 $863,638 $1,212,547 $313,940 $567,859 $1,239,482
Total oper. cost ($1000s y−1) $205,647 $205,647 $205,384 $200,245 $206,658 $219,716
LCOE (¢ kWh−1) 6.45 5.74 6.32 6.67 8.79 6.73

Case #

7 8 9 10 11 12

Fuel type NG NG Coal Coal Coal Coal
Power supply SOFC SOFC Boiler Boiler IGCC SOFC
SOFC cost ($ kW−1) $1,000 $1,000 $1,000
Carbon capture 100% 100% 0% 90% 94% 100%
Sensitivity case 1.25 × capital 1.5 × capital

Electrical efficiency (%HHV) 74% 74% 37% 25% 38% 45%
Thermal input (MW) 937 937 1,883 2,782 1,814 1,546
Power output (MW) 693 693 693 693 693 693

CO2 emitted (kg MWh−1) 0 0 855 126 53 0
CO2 sequestered (tonne y−1) 1,495,325 1,495,325 – 6,914,571 5,010,571 4,113,998

Total capital cost ($1000s) $1,549,352 $1,859,223 $1,118,972 $2,090,319 $1,633,550 $1,877,103
Total oper. cost ($1000s y−1) $205,647 $205,647 $152,105 $238,768 $167,227 $144,769
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uel prices are the same as those in Ref. [6], that is, $6.75/MMBtu for natural gas an

ion. For the CCS-enabled processes, the IGCC with CCS case (Case
1) and the SOFC-based coal process with CCS (Case 12) have essen-
ially the same LCOE as Case 1. This interesting result shows that at
his particular scale (∼700 MW), the choice of fuel is not immedi-
tely clear and will depend highly on other factors such as carbon
ax policy, fuel price stability, reliability, and confidence in the
ssumptions used to generate these estimates. A rigorous analysis
f these factors is left to future work.

.3. Introduction of carbon taxes

The American Clean Energy and Security Act of 2009 (ACES) has
een introduced to the US Congress, which describes, in part, a reg-
latory system for the gradual reduction of CO2 emissions using a
cap-and-trade” methodology [1]. The bill is complex, and since it is
till under debate it is likely to see substantial revisions if it becomes
aw. Therefore, the effects on the LCOE for Cases 1–12 are consid-
red according to the following sets of rules and assumptions which
pproximate the relevant provisions in the bill: (1) all plants begin
peration in January 1, 2012 and are permitted sometime between
010 and 2011, meaning that no emissions credits for existing coal
lants will be given under§783. (2) Since the supply of carbon cred-

ts available on the open market will be limited and decreasing, it
s assumed that each plant will only be able to obtain credits in
roportion to its average CO2 emissions for the fuel type and the

otal allocations that will be distributed in each year according to
721. Assuming a 0.7% annual growth rate of electricity produc-
ion [56] and other assumptions, the maximum amounts of credits
btainable for a gas or coal plant are shown in the supplementary
aterial. (3) If more credits are needed than are available, carbon
5.16 8.73 6.44 6.45

0/MMBtu for coal.

offsets are purchased at a rate of 1.5 times the market price of a
carbon credit allowance (note that otherwise, the bill states that
fines would be paid to the government at twice the price of a car-
bon credit). Banking and borrowing is ignored. (4) Since §782 calls
for a certain percentage of carbon credits to be distributed freely to
plants with at least 50% carbon capture constructed before 2020, it
is assumed that 1000 MW of power are produced in the U.S. from
plants with 50% capture in 2012, increasing at a rate of 10% per year.
This results in the schedule of carbon credits given freely to CCS-
enabled plants shown in the supplementary material. These credits
are sold at the market rate if they are in excess. The derivation for
these numbers and more details about this model are included in
the online supplementary material.

Using this model, the LCOEs for Cases 1–12 are computed as a
function of the average lifetime cost of a carbon credit, as shown
in Fig. 6. In general, it becomes obvious that the costs of plants
without CCS capability increase very quickly with the cost of a car-
bon credit, while the cost for the NGCC and IGCC cases increase
slowly (due to incomplete capture of CO2). The SOFC-based cases
do not increase, but rather decrease slightly since free credits
given under §782 are sold for additional revenue. Looking for a
moment only at natural gas cases, and ignoring the $500 kW−1

Case 2, the conservative Case 1 remains the cheapest option for
all carbon prices above $5 tonne−1, thus creating a basic mini-
mum incentivisation price necessary to encourage CCS under the

context of the new process presented in this work. Even taking
the very-conservative-case scenario where capital costs are 1.5
times higher (Case 8), the incentivisation price only needs to be
about $17 tonne−1 for plants of the same scale (693 MW). Below
$17 tonne−1, one would choose to construct an NGCC plant with-
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ig. 6. LCOE predictions for various power plants under the ACES cap-and-trade s
ll plants are scaled for 693 MW power output unless otherwise specified. All SO

ndistinguishable at this scale.

ut CCS. Without SOFC technology, the incentivisation price climbs
o $33 tonne−1.

Comparing the natural gas plants to coal plants of the same
cale (693 MW), pulverized coal without CCS remains the cheap-
st option up to about $15 tonne−1. Above this price, one would
hoose either fuel (coal or natural gas) with the SOFC power strat-
gy discussed in this paper. The coal-based IGCC process is another
ption, but it diverges from the fuel cell processes at higher carbon
rices because it achieves only about 94% carbon capture, so credits
ust still be purchased for the remaining 6%. However, the differ-

nce between the IGCC and SOFC process may become lesser or
reater depending on the scale, fuel composition, fuel price, and a
ide range of factors. Without gasification or SOFC technology, the

ncentivisation price to build a CCS-enabled pulverized coal plant
ust be about $45 tonne−1, and that is only if switching to natural

as is not an option. Otherwise, one would construct a NGCC plant
ith CCS if the price were above $37 tonne−1.

. Conclusions

A process to produce electricity and high-purity water with high
fficiency (74%HHV) and zero atmospheric emissions (100% car-
on capture) has been described. This is achieved using solid oxide
uel cells fueled by hydrogen derived from reformed, shifted nat-
ral gas, and a multi-stage flash cascade process to recover CO2
nd H2O from the exhaust gases. The dual-effect of high efficiency
nd 100% carbon capture makes it the most cost-effective means of
reen power generation out of any of the natural gas processes con-
idered in this study. With this new technology, the carbon price
eeded to incentivise carbon capture can be reduced by roughly
5–80%, even when considering options such as pulverized coal
ower generation without CCS. This will greatly encourage the use
f carbon-capture technology while significantly reducing the cost
mpact to the consumer.
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